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Abstract

This paper deals with the Thermal Separation Library,
which is intended to be used for absorption and rec-
tification processes. Two example calculations show
how the simulation speed can be increased by choos-
ing the right way to set up the equations. One example
refers to the ordering of the substances in the substance
vector and one refers to the modelling of equilibrium
processes. An example of use presented is the CO2

absorption in a post-combustion carbon capture plant.
The transient simulation results are compared to mea-
surement data obtained in a Siemens pilot plant.

Keywords: thermal separation, carbon capture, ab-
sorption / desorption

1 Introduction

Dynamic analysis of thermal separation processes
gains in importance, be it in batch processing, system
control, start-up strategies or shut down behaviour in
continuous processing ([9]).

General modelling approaches for these problems
(or a part of these problems) have been reported
in literature. READYS ([16]) as well as a model
developed in [12] can be used for dynamic simulation
of equilibrium columns. A model which considers
dynamic simulation of multiphase systems is pre-
sented in [2]. [11] describes steady-state and dynamic
non-equilibrium models. A tool for dynamic process
simulation - DIVA - is proposed by [5], which has
a sequential simulation approach. DYNSIM was
developed by [3] and is a tool for design and analysis
of chemical processes. In [13] a modelling language
gPROMS is proposed to model combined lumped and
distributed systems which was then successfully used
in several publications in order to model separation
processes (e.g. [23]).
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The developed models have been tested on several
different processes, mostly on a single column. There
are also examples where more complex system designs
are presented ([6]).

The aim of this paper is to describe a modelling
library which can be used for flexible modelling and
simulation of complex separation systems. As an ex-
ample a fully integrated absorption/desorption loop for
carbon capture is simulated. Simulation results will be
compared to measurement data obtained in a Siemens
pilot plant. The process is shown in figure 5 and will
be discussed in more detail in section 4.1.

2 Modelling Approach

It is commonly agreed on that when developing a
model of multicomponent system including chemical
reactions, a simple equilibrium-based model which ne-
glects mass transfer, is often not sufficient and a more
physical approach - the rate-based approach ([18]) - is
needed (e.g. [19], [17], [10]). The simulation models
are built using the object-oriented Thermal Separation
Library ([8]) which was developed in order to model
dynamic absorption and rectification processes.

2.1 Model equations

2.1.1 Balance equations

The balance equations are established separately for
the vapour and liquid bulk phase as described in [8].
There is therefore a mole balance for each compo-
nent i of vapour and liquid phase. Additionally there
should also be summation equations in the bulk phases
(∑i yi = 1 and∑i xi = 1). However, in general systems
of ordinary differential equations can be more easily
solved than differential algebraic equations and intro-
ducing a differential equation instead of an algebraic
equation is rewarded with faster computation times.
Therefore these two algebraic equations are replaced
by the total amount of substance balance for vapour
and liquid phase.
For liquid and vapour phase there is one energy bal-
ance each (see [8]).



Nomenclature

A heat transfer area
a specific area
c concentration
H Henry coefficient
k mass transfer coefficient
M molar mass
Ṅ molar flow rate
n number of discrete elements
nS no. of substances which are in both phases
nliq

S , nvap
S number of liquid / vapour substances

[R] rate matrix for mass transfer coefficients
T temperature
u specific inner energy
x liquid composition
y vapour composition
Z factor for equilibrium stage

Greek symbols
εvap,ε liq vapour or liquid hold up
[Γ] thermodynamic correction matrix
γ activity coefficient
φ fugacity coefficient
Subscripts
i componenti
j stagej
r reaction
Superscripts
liq liquid
sat saturation
vap vapour
∗ thermodynamic equilibrium
Abbreviations
nLF number of liquid feeds
nVF number of vapour feeds

2.1.2 Rate Equations

In [8] the molar flow rates at stagej over the phase
boundary are calculated as

~̇Ni, j = ki, j ·a j · ( ~ci, j − ~c∗i, j) (1)

This approach however is only valid for binary sys-
tems, and using the concentration difference as driv-
ing force is only applicable for isothermic condi-
tions. Therefore this was replaced by the more general
Maxwell-Stefan equations as described by [22]:

~̇Nvap
j = Ṅvap

total, j ·~y j +cvap
j ·a j · [R

vap
j ]−1

· [Γvap
j ] · (~y j −~y∗j )

(2)

~̇Nliq
j = Ṅliq

total, j ·~x j +cliq
j ·a j · [R

liq
j ]−1

· [Γliq
j ] · (~x j −~x∗j )

(3)

The thermodynamic correction matrices[Γ] are nec-
essary, since here the difference of the mole fraction
as driving force is used and not the difference in the
chemical potential. The[Γ]-matrices contain the com-
position derivatives of the activity coefficient (liquid)
or fugacity coefficient (vapour), which can be found
for several activity coefficent models in [21]. The[R]-
matrices are calculated using the binary mass transfer
coefficients. How to obtain the[R]-matrices via the bi-
nary mass transfer coefficients is described in detail in
[22].
The total molar flow rates in (2) and (3) are obtained
by summing the molar flow rates for each component.

It is also important to note that the vectores~̇Nvap
j and

~̇Nliq
j in eq. (2) and (3) contain only the molar flow rate

Ṅj,i of nvap
S −1 andnliq

S −1 substances respectively, that
is this equation is not established for every substance.
The missing equations are the summation equations at
the phase boundary:

∑
i

y∗i = 1 , ∑
i

x∗i = 1 (4)

2.1.3 Inert Substances

An equation describing the thermodynamic equilib-
rium does only exist for thenS components, which ex-
ist in both phases, but not for inert substances. The
missing equations for the inert substances are obtained
by setting the molar flow rate over the phase boundary
of the inert substances to zero:

Ṅvap
i, j = 0

Ṅliq
i, j + Ṅfilm

r,i, j = 0

}

if substancei is inert (5)

2.2 Numerical Solutions

In order to solve the resulting system of differential-
algebraic equations using numerical integration, as
many state variables as differential equations are
needed. For the columns, the following variables are
chosen as state variables:cvap

j,i , cliq
j,i , uvap

j , uliq
j , εvap

j and
Tvap

j (or Mvap
j which is as suitable), withj = 1...n and

i = 1...nvap
S or i = 1...nliq

S respectively. Using this set



of state variables, all other variables can be calculated
via algebraic relations. Intensive rather than extensive
quantities were chosen as state variables, since the dif-
ferential equations were set up using these intensive
variables.

2.3 Library Structure

The library structure of the column models is repre-
sented in figure 1 which shows a class diagram of
the library. The three different column types (packed
column, tray column, spray column) all inhert from
FeedStage (which is denoted with an arrow pointing
at the parent class). TheFeedStage-model inherits
from the BaseStage-model which contains the bal-
ance equations and some of the constitutive equations
for n discrete elements. It also contains instances of
the medium models, the reaction models etc. These
models are declared as replaceable, where replaceabil-
ity is denoted using a dotted line with a diamond.
The extending column classes supply the geometry,
the instances of the pressure loss and liquid holdup
model, the heat transfer model between the two phases
and the mass transfer models. Each column type is
structured the same way; but only the structure of the
packed column is shown in the diagram due to read-
ability.

3 Examples

As stated in the introduction it should be possible to
model and simulate a complex separation process us-
ing the Thermal Separation Library. In the following a
complete absorption/desorption loop is presented. Be-
fore doing so some small examples show how a dif-
ferent writing of the modelling equations can increase
simulation speed.

3.1 Ordering of Substances in Medium
Model

In general any order of the substances in the medium
model can be chosen. However since for a non-
equilibrium model the equations for the molar flow
rates eq. (2) and (3) exist only fornvap

S −1 andnliq
S −1

substances respectively, and the molar flow rate for the
last substance in the medium model is defined via the
summation equations (4), the ordering becomes im-
portant in case the fraction of the last substance be-
comes very small (in the order of the tolerance of the
numerical solver). In this case the calculation can be-
come very slow and the composition of the last sub-

stance at phase boundary may even be calculated to be
negative. This is known as cancellation problem (see
e.g. [4]). Figure 2 shows an example for the absorption
of N2 and O2 in H2O. The simulation time decreases
by the factor 5 if not O2 is the last substance in the
medium model.
So it can be stated having substances with very low
concentrations at the last place in the substance vec-
tor decreases simulation speed. If this is not possible
(i.e. no substance is always large enough to be suit-
able as last component) it is also possible to apply the
Maxwell-Stefan equations to all components and om-
mit the summation equations at the phase boundary.
This also reduces the CPU-time, but in some test cases
the sums of the mole fractions at the phase boundary
were observed to deviate about 10% from 1.
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Figure 2: Influence of the ordering of the substances in
the medium model. Simulation speed is increased, if
in the liquid phase a substance with a high mole frac-
tion (H2O) is the last substance in the medium model
(i.e. the CPU time for simulation is smaller).

3.2 Equilibrium Model

As stated in chapter 2 the stages were modelled as non-
equilibrium stages, i.e. mass transfer is taken into ac-
count. However sometimes it is advantageous to de-
scribe the separation column using equilibrium stages,
e.g. if no suitable correlations for the mass transfer are
available.
There are basically two different approaches to model
such an equilibrium stage: The first possibility is to
implement a new set of equations which describe the
equilibrium stage. However the additional algebraic
constraint of the compositions at phase boundary and
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in the bulk phase being equal result in a large nonlin-
ear system of equations.
The second possiblity is to approach the thermody-
namic equilibrium (xi → x∗i ) using the non-equilibrium
equations and increasing the binary mass transfer co-
efficients to infinity. Using this approach the system is
less strongly coupled, but still it has to be noted that
the equations (2) to (4) introduce a high non-linearity
to the system. Together with a very high value for the
binary mass transfer coefficients, necessary in order to
approach equilibrium, the computation time can be-
come very large (see figure 3). Since the equation (2)
- (4) do not give any information for the equilibrium
model they are replaced by the much more simpler
eq. (6)-(7):

Ṅvap
j,i = Zvap

j,i · (y j,i −y∗j,i) (6)

Ṅliq
j,i = Zliq

j,i · (x j,i −x∗j,i) (7)

wereZ is an adjustable factor. IfZ approaches in-
finity, the difference between the composition at the
phase boundary and in the bulk phase vanishes and
equilibrium is attained. A very high value forZ lead to
a very accurate result. An indicator for the accuracy is
the difference of the composition at the phase bound-
ary to the composition in the bulk phase. This dif-
ference should become zero for an equilibrium model.
However for a very high value forZ, the computation
time may become very large or - even worse - there
are convergence problems with the nonlinear solver.
Since a optimal value forZ, which leads to an accept-
able compromise between computing time and accu-
racy is not constant during simulation,Z is continu-
ously adapted to minimize the difference between bulk
and phase boundary composition using the equations
of a simple PI controller.
Equations (6) and (7) are then replaced by equations
(8) and (9), whereZ are functions of the error(y j,i −

y∗j,i) and (x j,i − x∗j,i) respectively and some controller
parameters which are constant during simulation.

Ṅvap
j,i = Zvap

j,i (y j,i −y∗j,i ,contr. parameter) · (y j,i −y∗j,i)

(8)

Ṅliq
j,i = Zliq

j,i (x j,i −x∗j,i ,contr. parameter) · (x j,i −x∗j,i)

(9)

Figures 3 and 4 show that using eq. (6) and (7)
(solid line) or eq. (8) and (9) (dotted line) instead
of eq. (2), (3) and (4) (dashed line) lead to a lower
computation time and a higher accuracy of the result.
Adapting the variableZ during the simulation using a
PI controller (dotted line) further increases accuracy
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Figure 3: Computation time using three different sets
of equations to model an equilibrium stage. The first
set uses exactly the same equations as for a non-
equilibrium model (eq. (2) to (4)) with a constant,
but high mass transfer coefficient. The second and
third set use simplified yet sufficient detailed equations
which increases simulation speed.

without increasing the computation time, compared to
eq. (6) and (7) whereZ is constant.
In this example, the first set of equations has more
time states than the last two (178 scalars instead of
162 scalars; for eight stages) but about the same
amount of time varying variables (around 12000). The
size of the nonlinear system of equations obtained by
Dymola is higher, for the first set of equations: eight
blocks of 20 iterations variables are necessary instead
of eight blocks of 15 iteration variables (the other
blocks are identical with lesser iteration variables.

The same approach is also chosen when reaction
equilibrium should be assumed: in this case the con-
troller minimizes the difference between the reaction
equilibrium constant and the product of the activities.
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Figure 4: Largest difference iny∗− y using three dif-
ferent sets of equations to model an equilibrium stage.

4 Dynamic Analysis of CO2 Capture
Plant

4.1 Plant Layout and Data

The simulation of the carbon capture plant refers to
the same pilot plant as presented in [7]. It is a slip-
stream pilot plant operating under real conditions. The
absorber as a diameter of approx. DN200 and the ab-
sorber height is approx. 35 m. The plant layout is
shown in figure 5.

RICH

SOLVENT

TANK

A
B

S
O

R
B

E
R

G
A

S

C
O

O
L

E
R D

E
S

O
R

B
E

R

COOLING

WATER

CO
2

FLUE GAS

INLET

R
E

B
O

IL
E

R

FLUE GAS

OUTLET

COOLING

WATER

Figure 5: Carbon capture pilot plant as it can be found
in [7].

The plant consists basically of a flue gas cooler, an
absorber and a desorber (see figure 5). The flue gas
first enters the flue gas cooler, where it is cooled down

Table 1: Physical properties and other parameters

Property Reference

Pressure loss vapour [20]
Interfacial heat transfer coeff. Chilton-Colburn
Mass transfer coefficient [15]
Liquid holdup [14]
Diffusion coeff. vapour [1]
Interfacial area [15]

using pure water. In the absorber, the saturated flue
gas is then brought in contact with a liquid containing
a high amount of dissolved amino acid salt. Here, the
CO2 is absorbed by the liquid and nearly CO2-free gas
leaves the absorber. The loaded liquid is now heated
up in a heat exchanger before it enters the desorber,
where the CO2 is stripped from the liquid using
water vapour, which is obtained in a thermosyphon.
The gas leaving the desorber (containing water and
CO2) is cooled down and such water is removed via
condensation. The pure CO2 is then liquified and
stored; the pure water is fed back to the desorber.
The now unloaded liquid from the desorber bottom
is partly evaporated in a thermosyphon and partly led
back to the absorber via two heat exchangers in order
to cool down to the absorber temperature.
The solvent used is an amino-acid salt solution, as
described in [7]. The underlying chemical reaction
is shown in figure 6. In the model, it is assumed
that reaction takes place in the film only and reaction
kinetics are not considered.

Table 1 provides an overview of the most important
physical properties.

4.2 Thermodynamic equilibrium

4.2.1 Phase equilibrium CO2

A very simple approach proposed by Siemens was
choosen to model the phase equilibrium of CO2 be-
tween liquid and gas phase. This approach combines
the dissolution of CO2 in the liquid and the stepwise
reaction with the dissolved salt to the final product
in a single phase equilibrium equation. The main
advantage is that only very few components in the
liquid phase have to be modelled, namely H2O, the
dissolved salt called AAS (amino acid salt) and the
final reaction product. All reaction intermediate prod-
ucts as well as dissolved molecular CO2 in the liquid
phase have not to be considered, the latter due to the



Figure 6: Reaction scheme in the amino acid salt solution, aspresented in [7]

assumption that the reaction is nearly instantenous and
the CO2 concentration in the liquid is negligible. This
means that if a molar flow ratėNCO2 of gaseous CO2
crosses the phase boundary, a source term increases
the molar quantity of the reaction product and a sink
term decreases the molar quantity of the educts (H2O,
AAS) such accounting for the stoichiometrics.
Since CO2 is nonexistent in the model of the liquid
phase the phase equilibrium is described using the
CO2 vapour mole fraction on the one side and the
mole fraction of the reaction product on the other side:

p·yCO2 =
xProduct

1+xProduct
·H(T) · γ(T,xProduct) (10)

The Henry coefficientH is temperature dependent and
the activity coefficientγ is additionally dependent on
the concentration of the product in solvent. For both
coefficients Siemens provides a correlation, which are
as follows:

lnH = a+
b
T

(11)

lnγ = e(c+d·T+e·T2)
·

xProduct

1+xProduct
(12)

The parametersa, b, c, d, e have been adjusted using
measurement data.
It has to be stated that this approach has drawbacks
concerning the accurateness of the results, neverthe-
less they are all in the right order of magnitude and
the main factors influencing the result are considered.
This approach is therefore suitable for dynamic simu-
lation, where the dynamics are in the focus of the study
and a high simulation speed is needed but very correct
steady-state results are not of such importance.

4.2.2 Phase equilibrium water

The water equilibrium is calculated using

p·yH2O = xH2O · psat
· γ ·φsat (13)

For the calculation of the water saturation pressure,
the saturation pressure of pure water is multiplied by
a factor smaller 1 to match the higher saturation tem-
perature. The activity coefficientγ is set equal to one,
even though it should be smaller than one in reality.
At Siemens steady-state calculations were performed
using AspenPlus where much more detailed medium
models than the ones here where used. These Aspen-
Plus calculations revealed that the activity coefficient
did not differ significantly from one in the considered
temperature and concentration range. Therefore, since
the proposed modelling of the thermodynamic equi-
librium is anyway not suitable in order to obtain very
accurate steady-state results, setting the water activity
coefficient equal to one does not increase the overall
error very much.

4.3 Medium models

4.3.1 Gas mediums

Both gases, the flue gas, consisting of N2, CO2, O2

and H2O and the CO2-water vapour mixture in the
desorber, are modelled as ideal gas, even though this
assumption is more questionable for the CO2-water
vapour mixture, due to the high water vapour content
(about 70%-90%) at the saturation temperature of wa-
ter (around 100◦C). However the error due to differ-
ences in density and enthalpy are not important.



4.3.2 Liquid mediums

The pure water in the flue gas cooler is modelled us-
ing the waterIF97 medium model from the Modelica
Standard Library.
The solvent is also modelled based on the water IF97
standard, but density and heat capacity are adjusted to
match the solvent values (for a solvent containing ap-
prox. 30 weight -% AAS). All solvent medium proper-
ties are temperature and in parts also pressure depen-
dent, but independent of composition.
As stated in 4.2.2 the solvent model consists only
of three components in order to increase simulation
speed.

4.4 Simulation results

In this section the simulation results are presented
and compared to measurement data obtained in the
Siemens pilot plant.
Two different test cases are investigated:

• Test case 1: Increase of Flue gas flow rate from
75% to 100% at t = 0 min.

• Test case 2: Decrease of steam flow rate at re-
boiler from 90% to 75% at t = 0 min.

Figure 7 - 9 show the comparision between simula-
tion and measurements of test case 1. All temperatures
are plotted referring to an arbitrary reference tempera-
ture. The CO2 mass flow rate is described in percent,
whereas 100% is arbitrarily set to the measurement
value obtained at t=0 min. It can be seen that the
steady-state results differ, which is due to the very
simplified modelling of the thermodynamic equilib-
rium. The dynamic response between simulation and
measurement are quite similar, even though in the
simulation the new steady-state is obtained after a
shorter time.

For test case 2 the comparision between simulation
and measurements are shown in figure 10 - 14 . Again,
all temperatures are plotted referring to an arbitrary
reference temperature. As for test case 1 the steady-
state results differ, but the dynamic behaviour is simi-
lar. In figure 12 not only the measured CO2 mass flow
rate at the desorber outlet is plotted, but also the mass
flow rate of the absorbed CO2 in the absorber. The
latter value was obtained from measurement data, us-
ing measured mass flow rates, temperatures and vol-
ume fractions at the absorber in- and outlet. These two
mass flow rates should be equal in steady-state (which

0 20 40 60
−1

0

1

2

3

4

5

6

7

8

Time (min)

(T
liq ou

t −
 T

re
f) 

in
 K

, A
bs

or
be

r 
 

 

 
simulation
measurement

Figure 7: Liquid outlet temp., absorber (test case 1)

0 20 40 60
0

0.01

0.02

0.03

0.04

0.05

Time (min)

x C
O

2, A
bs

or
be

r 
ou

tle
t 

 

 

simulation
measurement

Figure 8: CO2 outlet mole fraction (test case 1)
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Figure 9: CO2 mass flow rate, desorber (test case 1)
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Figure 10: Liquid outlet temp., absorber (test case 2)

0 20 40 60
0.005

0.01

0.015

0.02

0.025

0.03

0.035

0.04

Time (min)

x C
O

2, A
bs

or
be

r 
ou

tle
t 

 

 

simulation
measurement

Figure 11: CO2 outlet mole fraction (test case 2)
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Figure 12: CO2 mass flow rate (test case 2)

was the case in test case 1), however there is a dif-
ference of about 20%. Since this difference does not
occur in the simulation, it explaines why measurement
and simulation fit well for the CO2 mass flow rate at
the desorber outlet, but not for the CO2 mole fractions
in the absorber and consequently not for the amount of
CO2 absorbed.
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Figure 13: Liquid outlet temp., desorber (test case 2)
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Figure 14: Vapour outlet temp., desorber (test case 2)

5 Summary

This work proposed a Modelica-library model for dy-
namic simulation of tray and packed columns for sep-
arations processes such as absorption and rectification.
It is shown that it is advantageous to describe an equi-
librium model using modified equations of the non-
equilibrium model. Also the influence of the ordering



of the substances in the medium vector was shown.
It was also shown that using the Thermal Separa-
tion Library a complex system, namely an absorp-
tion/desorption loop for carbon capture is modelled
and simulated dynamically. The simulation results
were compared to measurement data obtained in a
Siemens pilot plant. It showed good agreement, even
though there were differences in the stationary results
which is due to the very simplified modelling of the
thermodynamic equilibrium.
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